In solvent absorption systems for carbon dioxide capture, potassium carbonate shows particular promise as a solvent. One of the advantages of this solvent is that it is more manageable by way of separation and/or cost effectiveness in the presence of SO 2 . This paper examines the feasibility of using the same absorber system for simultaneous capture of both CO 2 and SO 2 from post combustion flue gases. Using a dynamic equilibrium apparatus, the changes in the vapour pressure were measured upon the introduction of sulphur dioxide to a CO 2 /N 2 mixed gas stream. It has been shown that there is a small change in the resultant vapour pressure. The overall affect of SO 2 on the efficiency of CO 2 capture is discussed.
Introduction
In many coal-fired power stations, SO 2 and SO 3 (SO x ) is removed from the flue gas by scrubbing with CaCO 3 or other strong alkali. However, when low-sulfur coals are the combustion source, as is common in Australia, these scrubbers do not exist. In these circumstances and also for new power plants outside of Australia, it is an attractive option to capture the SO 2 simultaneously with the CO 2 . However, most amine solvents degrade when exposed to sulfur oxides, forming heat stable salts. An alternative is to use an inorganic solvent such as aqueous potassium carbonate. Hot aqueous potassium carbonate solvents have been used successfully to remove CO 2 in the Benfield process. However, the effect of SO 2 on the vapour liquid equilibria (VLE) of CO 2 absorption is not well understood. This study aims to quantify the VLE by experimental measurements. These measurements are then compared to simulations using the Electrolytic NRTL activity coefficient model within Aspen Plus TM .
Theory
The system with SO 2 , CO 2 and K 2 CO 3 in gas and liquid phases is depicted in Figure 1 . The 5 reactions shown in this Figure ( R1 to R5) relate to the liquid phase reactions of CO 2 and SO 2 with water and carbonate species and the resulting bicarbonate sulphate and bisulphate ions. There are a number of models that describe the thermodynamics of multi-component electrolyte systems. We have chosen the electrolyte nonrandom two-liquid (NRTL) model first proposed by Chen et al.(1, 2) to model the liquid phase thermodynamics. Even though the model relies on semi-empirical binary parameters it predicts thermodynamic behaviour well over a larger range of temperatures and concentrations. This is needed for the accurate design and analysis of unit operations such as heat exchangers, absorbers and strippers in systems for removal of CO 2 . This system and the relevant NRTL parameters have been discussed in detail by Hilliard (3, 4) . The vapour phase in this system is modeled by the Redlich-Kwong (RK) equation of state.
The vapour liquid equilibria for the solvent species (s) in the system is given by:
where y s is mole fraction of solvent in the gas phase, Φ s V is the vapour phase fugacity of solvent at pressure P and temperature T; x s is the mole fraction of solvent in the liquid phase, γ s is the activity coefficient in true component form, Φ s o is the pure solvent fugacity coefficient; n s is the molar volume of the pure solvent at T and saturation pressure P s 0 .
Conversely, the vapor-liquid equilibrium for molecular solutes CO 2 and SO 2 is defined by: The activity coefficient for both solutes and solvent is derived from the partial derivative of the excess Gibbs energy (g ex* ) with respect to the moles of true component i (n i ):
Where n t is the total number of moles. 
Materials and Method
Vapor-Liquid equilibria is measured using the equipment shown in Figure 2 . The design of this apparatus is based on the work of Nasir (5) and Isaacs (6).
Figure 2:
Schematic diagram of the equilibrium apparatus As shown in Figure 2 , the rig consists of two 300 ml stainless steel vessels connected in series, which are located in an oil bath to maintain a constant temperature. Each vessel has internal baffles to enhance thermal conductivity. The oil bath is heated to 90°C or 100 o C ±1 o C using a thermostatted electrical heater. The carrier gas, nitrogen, is preheated in the oil bath and then dispersed in the solution through a stainless steel sparger. The barometric pressure was monitored using a mercury barometer.
Aqueous solutions of 30 wt% potassium carbonate (>99% purity, supplier: Thasco Chemical Co.Ltd.) were initially loaded by bubbling through pure CO 2 and SO 2 gas (>99% purity, BOC Gases). The preloaded solutions were then added to the vessels and nitrogen was bubbled through the system for approximately two hours to reach equilibrium. During this time, the loaded potassium carbonate solutions releases a certain amount of CO 2 and SO 2 into the gas phase (the amount of SO 2 was very small and could not be detected by Dreager Tubes) which is then carried with the inert nitrogen flow to either the second vessel or to the outlet. A low nitrogen flow rate in a range between 5 -10 ml/min ensures that the equilibrium between the liquid phase and the gas phase in the second vessel. After reaching equilibrium gas samples were taken and the composition analysed in a Shimadzu gas chromatograph GC -8A. Liquid samples were analysed by acid titration to determine the total loading of CO 2 in the liquid phase. An Inductively Coupled Plasma -Atomic Emission Spectrometer was used to provide measurements of total sulphur concentration in the solution.
Results
The resulting experimental data at 90°C and 100°C is plotted in Figure 4 . For comparison, experimental data from Tosh at 90° and 110°C is also included, as is the results of Aspen Plus simulation.
The Benfield process operates at loadings between 0.20 (absorber) and 0.30 (stripper) so this study is focused at the results in this range. It should be noted that Hilliard has performed regression analysis on the CO 2 / K 2 CO 3 system and has provided alternate interaction parameters over the whole range of loadings. However, in this study using the default values has provided a reasonable match with the experimental data over the loadings of interest. Figures 5 to 7 show the effects of SO 2 loading. Upon the addition of SO 2 the carbon dioxide vapour pressure rises with result that potassium carbonate solution can absorb less CO 2 compared to the system without SO 2 . Aspen simulations give a similar trend. This indicates that SO 2 reacts readily with potassium carbonate than CO 2 and thus displaces some of this gas. Experimental data for CO 2 / K 2 CO 3 30 wt % from compared to simulation from AspenPlus.
Figure 4:
Effect of Addition of SO 2 at 6.75 g/l equivalent sulphur on the CO 2 / K 2 CO 3 at 30 wt % at 90ºC Experimental VLE data has been obtained for the SO 2 /CO 2 /K 2 CO 3 system. Results for CO 2 / K 2 CO 3 in the absence of SO 2 are consistent both with literature data and Aspen Plus simulations. Addition of SO 2 causes an increase in CO 2 vapour pressure, indicating that SO 2 preferentially reacts with the carbonate solvent. The main conclusion that can be drawn from these results is that the ability of the potassium carbonate solution to absorb CO 2 from the gas stream decreases with increased levels of absorbed SO 2 . In effect, it results in higher observed equilibrium partial pressure at a particular loading. The increase in vapor pressure is higher at higher temperatures. The Aspen simulations predict a similar trend. However, an optimization of the relevant interaction parameters might lead to better agreement.
